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Abstract

compared to the conventional condition.

dichloride, Polyethylene, Hydrogen productions, Ethyl benzene

The main goal of this research is to present an optimization procedure based on the integration of steady state operability framework and
multi-objective optimization concept to find the single optimal solution of processes. To create a quantitative criterion to analysis the performance
of chemical processes, the Desired Pareto Index is defined as the ratio of desired Pareto front to the Pareto optimal front. The Desired Pareto
Front is defined as a part of Pareto optimal front that all outputs are improved compared to the conventional operating condition. To prove the
efficiency of the proposed optimization method, the ethane cracking process is optimized considering feed temperature and steam flow rate as
the decision variables. The ethylene production and ethane formation are selected as the main objectives in the developed multi objective model.
The simulation results proved the performance of the proposed optimization procedure, so the ethylene production was improved about 3%
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Introduction

The main object in the chemical processes is simultaneous
capacity and quality enhancement considering the operational,
safety and environmental limitations. Usually, this trade-off be-
tween the product capacity and quality and developed constraints
can be handled by a multi-objective optimization model. Since
in the multi-objective optimization problems different and often
opposite objectives are simultaneously satisfied, there is a set of
optimal points, i.e. Pareto frontier. All points on the Pareto fron-
tier are mathematically equivalent and there is no choice among
different solutions on the developed Pareto set [1]. However, from
a practical point of view, a system operates at a single point. The
selected procedures and decisions in the process design stage
have a significant effect on the optimal operability, controllability
and plant performance during the process run time. Operability
analysis is one of the main bridges between process design and
control, which helps the process designer to consider the control
issues in the design stage. On the other word, operability analysis
is a measuring criterion in modern process control to investigate
the ability of a process to operate at an acceptable and safe operat-
ing point using the available manipulated variable [2]. Currently,
a large number of operability frameworks have been developed to
investigate the steady state and dynamic operability of chemical
processes. Sharifzadeh presents a good review about developed

method to investigate the integration of process design and con-
trol [3]. The evolution paths of the methods were described, and
the advantages and disadvantages of each method were explained.
Subramanian and Georgakis studied the servo, regulatory, and
overall operability of CSTR and PFR reactors at steady state condi-
tion [4]. It was shown that, it is possible to identify the safe oper-
ating points and tolerable disturbances with the available inputs.
Ekawati & Bahri [5] proposed a framework based on the integra-
tion of the output controllability index and the dynamic operabil-
ity framework to investigate the controllability and economic as-
sessment of processes. Farsi et al. [6] investigated the steady state
operability characteristics of DME reactor using the framework
of Vinson and Georgakis. The results showed that the input and
output operability index of the process was 43.31% and 57.58%
respectively. Santoso et al. [7] investigated the operability of a
high-purity distillation column at steady state condition. Based
on the simulation results, the safe operating point was obtained
and used to provide insights to the operability properties of this
highly nonlinear system. Interactions between process units often
cause significant difficulties in plant wide control. Ridwan et al.
[8] investigated the plant wide operability of a chemical plant unit
as a network of process units interconnected with physical mass
and energy flow. The plant wide operability analysis was used to
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determine the stability and disturbance attainability of Tennessee
Eastman Process as a reference system.

Ethylene as the simplest olefin compound is a colorless and
flammable gaseous hydrocarbon with a sweet odor. It is produced
in the petrochemical industry by thermal steam cracking. The
used feedstock varies from ethane, propane to naphtha and gas oil
depending on the cost and availability. From practical viewpoint,
the ethylene plants are divided into two main sections namely hot
and cold sections. In the hot section, the feedstock is fed to a coil
furnace and converted to olefin compounds. In the cold section,
the outlet product from the furnace is separated and pure eth-
ylene is produced through a sequential distillation column. The
produced ethylene is used in the petrochemical plants to produce
ethylene oxide, ethylene dichloride, ethyl benzene and polyeth-
ylene. Many researchers have focused on the steam cracking pro-
cess to produce ethylene and propylene. Yancheshmeh et al. [9]
modeled ethylene production through thermal cracking of ethane
considering steam and carbon dioxide as the dilution. The simula-
tion results showed that the thermal cracking process in presence
of CO, is more effective because of higher ethylene and hydrogen
productions and less coke thickness. Keyvanloo et al. [10] mod-
eled and optimized the naphtha steam cracking process based on
a multi objective optimization model. Gao et al. [11] developed a
mathematical model to investigate the performance of an indus-
trial naphtha cracking process at steady state condition. The op-
timal temperature and inlet steam to naphtha ratio were found
to maximize the operation profit. Masoumi et al. [12] optimized a
pilot scale naphtha thermal cracking at dynamic condition. Then,
the performance of temperature control loop was tested for differ-
ent controller parameters and disturbances. Berreni & Wang [13]
modeled and optimized propane-cracking process to produce
ethylene considering the decoking process at dynamic condition.
The tube wall temperature and steam to propane ratio in the feed
were used as decision variables. Dynamic optimization indicated
that the obtained optimal operating points can improve profit
about 13.1%.

In this paper, an efficient integration between operability
framework and Pareto based multi-objective optimization is pro-
posed to calculate the optimal condition of ethane cracking pro-
cess. In section 2, the proposed operability-based optimization
framework, operability index and the optimal Pareto front are
explained. In section 3, the considered kinetic model, assump-
tions and developed mathematical model of the ethane cracking
process is presented at steady state condition. In section 4, the
simulation results are presented and compared with the base case
at steady state condition.

Optimization Framework
Operability index

In this section, the operability framework introduced by Vin-
son & Georgakis is reviewed [14]. In this framework, the avail-
able process inputs that change over a certain range are called

Available Input Space (AIS). The mathematical model of process
is solved in range of AIS to obtain the available outputs. The cal-
culated available output points are referred to as the achievable
output space (AOS). In addition, Desired Output Space (DOS) is
specified as the desired process outputs by operator. The set of
input variables required to obtain DOS can be calculated from the
model inverse. The required input values are denoted as the de-
sired input space (DIS). The Output and Input Operability indexes
are defined as:

10l = AIS " DOS
AOS

107 = AIS N DIS
AIS

00l index indicates that how much of the desired process out-
puts are in the range of available outputs. Also, I0] index indicates
that how much of the inputs are available to create DOS. The main
challenge in the operability analysis is to determine the DOS re-
gion in a chemical process. Generally, the DOS is determined by
the plant operators.

Multi-objective optimization

Multi-objective optimization is a mathematical procedure,
which a number of objective functions are simultaneously opti-
mized. This problem is mathematically formulated as:

minimizeF (X)=[ f;(X), f,(X)seeeees /3 (X) ]

g, (x) <0

h, (x) =0

Where, K, m and q are the number of objectives, inequality
and equality constraints, respectively. In the problem consists
contradictory objective functions, the single-objective optimi-
zation presents an unacceptable solution. The multi-objective
approaches allow decision making to think about the trade-offs
between different objects. Multi-objective optimization problems
satisfy a number of different and even contradictory objectives,
which is known as Pareto optimal solutions [15]. For a given Pare-
to optimal set, the corresponding objective function values in the
objective space are called the Pareto frontier. The vector is a Pare-
to optimal solution if there does not exist another in the feasible
search region such that f,(;)ﬂf;*(;) for all €{12,....k} and f,(;)qf*(;j
for at least one €{1,2,....k}. Indeed, all points on the Pareto set are
mathematically equivalent and the decision-maker decides which
one of obtained design vectors is appropriate. The main challenge
in the multi objective optimization is the range of input variables.
Generally, the single optimal point is selected from developed Pa-
reto front by decision making method. The variation of the range
of input variables changes the length of Pareto front, and the dif-
ferent single optimal point is obtained by the decision-making
methods.

Developed framework

In this section, the proposed framework to find the single op-
timum operating condition of a conventional process is explained
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considering a multi-objective function. In multi input-output
systems, the output states are developed based on the available
inputs considering steady state mathematical model of process
and the Pareto optimal front is determined based on the calcu-
lated outputs. A solution is called Pareto optimal curve, if none of
the objective functions can be improved in value without degrad-
ing some of the other objective values. The Desired Pareto front
is defined as a part of developed Pareto optimal front that all of
outputs presents the better performance compared to the conven-
tional condition. This index indicates how much of the developed
Pareto optimal front is completely desirable and achievable with
the available inputs compared to the current operating condition.
Then, the Desired Pareto Index is defined as the ratio of developed
desired Pareto front to the Pareto optimal front.

DPI = Pareto N Desiredpareto

pareto

For illustration, consider a continuous process with two in-
puts, and and two outputs and, respectively (Figure 1). shows
the AIS and the calculated AOS based on the AIS. The Pareto front,
red line, is determined based on the AOS to minimize and, re-
spectively. Since process operates at a single operating point, one
of the points on the Pareto front should be selected as the single
optimal point. The conventional operating point of the process is
determined on the AOS as . Desired Pareto front, blue line, is de-
fined as the operating points that minimize and simultaneously
and preferred to the conventional operating point [16]. Indeed,
the surrounded surface by, and Pareto front is the DOS. In two-di-
mensional case, when the length of desired Pareto front approach-
es to the Pareto front curve, the Desired Pareto Index approaches
toward one. It proves that the conventional operating point is far
from optimal condition and process operates at non-optimal con-
dition. In case that operating point takes place on the Pareto front,
the desired Pareto front is a single point and Desired Pareto Index
approaches toward zero. It proves that the process operates at an
optimal condition. Indeed, the proposed method limits the length
of Pareto front based on the conventional operating point and
helps the decision maker to select a single optimal point based on
the conventional operating point.

e N
1 -
1
(1)
0.8f
., b8
s AlS
0.2
0.6} o
0 0204 06 08 1
= X,
- AOS 1
0.4F
mmmnkamen @iy v )0
yoay® ! (yy¥s)
0.2
0
0 0.2 0.4 0.6 0.8 1

.

Figure 1: Proposed Procedure to Select Optimum Point.

Process Modeling

Process description

Thermal cracking process is one of main method to produce
olefins such as ethylene and propylene. In the ethane cracking pro-
cess, the feedstock is heated to 750-850°C in a furnace to crack the
ethane into ethylene. Steam is mixed with the feedstock to reduce
coking rate and improve the product yield. The cracking reactions
occur at a short residence time and high temperature, followed
by a sudden quench to stop reactions. This is followed by product
fractionation, which includes distillation, and other processes to
separate products and unreacted reactants. Then, ethane is recy-
cled and fed to the furnace. Thermal cracking of hydrocarbons ac-
companies coke formation and deposition over the inner surface
of coil tube. Coke formation reduces heat flux from combustion
chamber to the reactor and creates an extra heat resistance in the
tube. To keep the heat transfer in the desired level and increasing
the process capacity, the skin temperature should be raised. Gen-
erally, it decreases ethylene selectivity and increases maintenance
and utility costs. Thus, the plant shifts to shut down for decoking
process after 30-90 days. The decoking process is carried out by
burning the coke using a mixture of air and steam.

Kinetic modeling

The ethane cracking reactions can be divided as primary ther-
mal cracking, secondary thermal cracking, dehydrogenations, and
cyclization of butadiene and ethylene and coke formation reac-
tions. The high temperature and long residence time should be
avoided to prevent the coke formation. The main reactions in the
thermal cracking of ethane are as follows [9,16]:

2CLH, > C,H, <> CH, ______ (2)
C3H6 —)Csz (—)CH4 ______ (3)

C2H2 —)C2H4 HC4H6 ______ (4)

Coke+CO, —» Co+H, ------ (11)

The reaction equilibrium constants and Arrhenius kinetic pa-
rameters are taken from literature [9].

Process model

In this section, the mass and energy balances are developed.
The considered assumptions to simplification of the model are as
follows:
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a)  The gas mixture is an ideal gas.

b)  The radial gradients such as mass, heat and concentra-
tion are neglected.

c)  Quasi-steady state is assumed to simulate the coke
deposition rate.

d)  Plug flow pattern is employed.

The mass and energy balances in coil tube can present as:

_L d(F’)+r.:0

A, dz b e (12)

L d(F) v g 13
A dzt +Zj=lrf:0° (13)

1 d(FT)
A < 772/:1(AH""~/)r/ +0g=0--ooov (14)

. dz

In addition, suitable temperature and component dependent
correlations are chosen to estimate the physical properties of
components and mixture such as viscosity, specific heat capaci-
ty, heat conductivity and diffusion coefficients. Table 1 shows the
reactor characteristics and feed specification of a domestic indus-

trial ethane cracking.

Table 1: Characteristics of Cracking Reactor.

Reactor Characteristics

Length [m] 78
Inner diameter [m] 0.1
Wall thickness [mm] 8
Feed Specification
Ethane flow rate [kg h-1] 40047
Steam flow rate [kg h-1] 12014
Inlet temperature [C] 695
Inlet pressure [bar] 3.05
Results and Discussion
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Figure 2: Pareto Front and Desired Pareto Front of Cracking

Process.
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In this work, the cracker is modeled, and optimal feed tem-
perature and steam flow rate are obtained by integration of op-

erability framework and optimal Pareto front. Then the process
performance at the optimized condition is analyzed at steady
state condition. The considered objective functions, maximum
ethylene production and minimum methane formation, forms a
multi-objective problem. To analyze the steady state operability
of the cracking process, steam flow rate and feed temperature
are considered as the input variables. The steam rate changes in
rang of 10-20 moles™ and feed temperature in rang of 875-905 K,
respectively (Figure 2). shows the calculated AOS against consid-
ered AIS based on the developed mathematical model. This figure
shows that at maximum ethylene production, point B, the maxi-
mum methane is produced. In addition, the minimum ethane pro-
duction occurs in point A, that ethylene is at minimum rate. In the
AOS domain, Line AB and point O present the Pareto optimal front
and conventional operating point in the ethane cracking process,
respectively. The operating points online CD as a part of Pareto
front improve all objective functions compared to the convention-
al operating point, O, and defined as the desired Pareto front. The
calculated Desired Pareto Index is about 0.12 in the considered
cracking process and proves that there is some operating point to
improve plant performance considering available input variables.
It was mentioned that in two-dimensional case, that operating
point approaches toward the developed Pareto front, the Desired
Pareto Index approaches toward zero and the process operates at
the optimal condition. Generally, this approach helps operator to
select a single optimal point from developed desired Pareto front.
In this research, the single optimal point is selected from desired
optimal front based on the TOPSIS decision-making method. The
TOPSIS is a distance based decision-making method that recom-
mends the solution with minimum distance from ideal solution
and maximum distance from non-ideal solution [17].
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Figure 3a: Ethane Conversion Profile Along the Reactor.

It is appeared from (Figure 2). that points E and O are ideal
and non-ideal solutions, respectively. Since the conventional op-
erating point, O, has been considered as non-ideal solution, the
selected optimal solution presents the better plant performance.
The point F has been proposed by TOPSIS method as the single
optimal solution of the ethane cracking process. The produced
ethylene and methane at the optimal process are 15.62 and 2.34
moles™, respectively. It is appeared that the ethylene production is
improved about 3%, while methane production decreased 8.9%
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compared to the conventional operating point. It is appeared
that the integration of operability and multi objective optimiza-
tion and considering conventional operating point as a reference
limit the length of Pareto front and help the decision maker to
select a single optimal point based on the conventional operat-
ing point (Figure 3a-c). shows the ethane conversion, ethylene
production yield and temperature profiles along the reactor. It is
appeared that difference between ethane conversion in conven-
tional and optimal systems is negligible, while ethylene yield is
improved about 3%. It proves the feasibility and optimality of the
selected solution against the conventional condition. Although
the cracking reactions are endothermic, the higher heat transfer
from combustion chamber to the coil tube compared to the heat
consumption through the endothermic cracking reactions results
in a rising temperature profile in the reaction zone (Figure 4a-b).
shows the ethylene and methane production rate along the crack-
ing reactor at steady state condition. This figure shows that eth-
ylene mole flow rate increases along the reactor and approaches
toward 15.62 mole s in the optimized condition. Generally, there
is a considerable difference between the performance of conven-
tional and optimal systems to produce methane and ethylene.
Generally, the higher temperature in the optimized system could
increase the rate of cracking reactions. On the other hand, the
ethane cracking to methane is a second order while, the ethane
to ethylene cracking reaction is first order compared to the eth-
ane concentration. Thus, the higher rate of dilution steam in the
optimized condition and decreasing ethane concentration along
the reactor have a significant effect on the reactions and results
in the lower ethane to methane conversion (Figure 5). shows the
coke thickness profile along the reactor. At high temperatures,
residence time, and low steam to hydrocarbon ratio, coking rate
increases and formed coke is deposited on the tube internal walls.
In the ethane steam cracking plant, a part of produced olefins is
converted to coke and deposited on the coil tube as the skin. The
formed coke decreases the heat transfer coefficient between com-
bustion chamber and reaction zone and results in the higher fuel
consumption in the chamber and tube wall temperature. When
maximum tube surface temperature is obtained, the process is
shut down and decoking cycle is started. In addition, because of
coke formation, the effective inner tube diameter decreases and
results in a higher pressure drop.
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Dilution steam decreases hydrocarbon concentration in the
reaction zone and results in lower coke formation. On other hand,
coke is converted to synthesis gas, hydrogen and carbon monox-
ide, through steam reforming reaction. Thus, a part of produced
coke is removed through the steam reforming. The results show
that maximum coke thickness has been decreased about 3.8% in
the optimized plant compared to the conventional system.
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Conclusion

In this research a quantitative criterion was developed to
analysis the performance of chemical process based on the inte-
gration of the operability framework, Pareto optimal front and
conventional operating point. The single optimal operating was
calculated by the TOPSIS decision making method based on the
developed Desired Pareto front. It was shown that the proposed
method limits the length of Pareto front based on the conventional
operating point and helps the decision maker to select a single op-
timal point based on the conventional operating point. Then, the
ethane steam cracking process was selected as a reference mod-
el to investigate the performance of the proposed optimization
method. The simulation results showed that ethylene production
is improved about 3% and methane production decreased 8.9%
compared to the conventional operating point.
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